
International Journal of Heat and Mass Transfer 48 (2005) 4973–4984

www.elsevier.com/locate/ijhmt
Effect of tube diameter on boiling heat transfer of R-134a
in horizontal small-diameter tubes

Shizuo Saitoh a,*, Hirofumi Daiguji b, Eiji Hihara b

a Department of Mechanical Engineering, The University of Tokyo, 7-3-1 Hongo, Bunkyo-ku, Tokyo 113-8656, Japan
b Institute of Environmental Studies, Graduate School of Frontier Sciences, The University of Tokyo, 7-3-1 Hongo,

Bunkyo-ku, Tokyo 113-8656, Japan

Received 3 September 2004
Available online 9 August 2005
Abstract

The boiling heat transfer of refrigerant R-134a flow in horizontal small-diameter tubes with inner diameter of 0.51,
1.12, and 3.1 mm was experimentally investigated. Local heat transfer coefficient and pressure drop were measured for a
heat flux ranging from 5 to 39 kW/m2, mass flux from 150 to 450 kg/m2 s, evaporating temperature from 278.15 to
288.15 K, and inlet vapor quality from 0 to 0.2. Flow patterns were observed by using a high-speed video camera
through a sight glass at the entrance of an evaporator. Results showed that with decreasing tube diameter, the local
heat transfer coefficient starts decreasing at lower vapor quality. Although the effect of mass flux on the local heat trans-
fer coefficient decreased with decreasing tube diameter, the effect of heat flux was strong in all three tubes. The measured
pressure drop for the 3.1-mm-ID tube agreed well with that predicted by the Lockhart–Martinelli correlation, but when
the inner tube diameter was 0.51 mm, the measured pressure drop agreed well with that predicted by the homogenous
pressure drop model. With decreasing tube diameter, the flow inside a tube approached homogeneous flow. The con-
tribution of forced convective evaporation to the boiling heat transfer decreases with decreasing the inner tube
diameter.
� 2005 Elsevier Ltd. All rights reserved.
1. Introduction

High efficiency, compact heat exchangers have re-
cently received much attention in their use in air condi-
tioning systems due to possible energy conservation.
Fundamental data on boiling heat transfer, such as heat
transfer coefficient and pressure drop, is essential for de-
sign and operation of heat exchangers. Despite extensive
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experimental data on flow boiling heat transfer in small-
diameter tubes, the general characteristics have not yet
been clarified. Table 1 summarizes recent experimental
studies classified into single and multi path types,
depending upon the flow path of the working fluid.
Although studies on multi path flow yield more informa-
tion for practical applications, clarifying the general
characteristics of boiling flow in a small-diameter tube
is difficult. Therefore, multi path flow studies are beyond
the scope of this current study.

Based on reported local heat transfer coefficients, the
regions of fluid flow and heat transfer in tubes with boil-
ing flow can be classified as follows: (i) the region in
ed.

mailto:saitoh@hee.k.u-tokyo.ac.jp


Nomenclature

Cg friction factor for gas, Cg = 0.046
Cl friction factor for liquid, Cl = 16
cpl specific heat at constant pressure in liquid

phase, J/kg K
D inner diameter of a tube, m
fTP two-phase friction factor
G mass flux, kg/m2 s
g acceleration of gravity, m/s2

hexp experimental boiling heat transfer coeffi-
cient, W/m2 K

hl liquid phase heat transfer coefficient, W/
m2 K Rel > 1000, hl ¼ 0.023 kl

D ð
GlD
ll

Þ0.8�
ðcplllkl

Þ1=3; Rel < 1000, hl ¼ 4.36kl
D

p pressure, Pa
q heat flux, W/m2

Re Reynolds number Rel ¼ GlD
ll

; Reg ¼ GgD
lg

Tevap evaporating temperature, K
Twall inside-wall temperature, K
Tsat saturation temperature, K
Ug superficial gas velocity, m/s
Ul superficial liquid velocity, m/s
We Weber number
x vapor quality
X Lockhart–Martinelli parameter Rel > 1000,

Reg > 1000; X ¼ ð1�x
x Þ0.9ðqgql Þ

0.5ðlllg Þ
0.1; Rel <

1000, Reg > 1000; X ¼ ðCl

Cg
Þ0.5Re�0.4

g ðGl

Gg
Þ0.5�

ðqgql Þ
0.5ðlllg Þ

0.5

z coordinate along the tube direction, m

Greek symbols

f parameter in Baker�s flow pattern map
f ¼ ½ðqgqaÞð

ql
qw
Þ�0.5

u parameter in Baker�s flow pattern map
u ¼ rw

rl
½lllw ð

qw
ql
Þ2�1=3

k thermal conductivity, W/m K
l viscosity, Pa s
q density, kg/m3

r surface tension, N/m
/ two-phase flow multiplier

Subscripts

a air
g gas-phase, vapor-phase
h homogeneous
in inlet
l liquid-phase
TP two-phase
w water
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which nucleate boiling is dominant, where the local heat
transfer coefficient is affected mainly by the heat flux; (ii)
the region in which convective evaporation is dominant,
where the local heat transfer coefficient is affected mainly
by the mass flux and vapor quality and (iii) the inter-
mediate region, where neither nucleate boiling nor con-
vective evaporation is dominant. Lin et al. [1,2]
experimentally studied boiling flow of refrigerant R-
141b in vertical pipes (1–3.6 mm in diameter) and in
one square tube (2 mm · 2 mm), and reported that nucle-
ate boiling was dominant at low vapor quality, and that
convective boiling was dominant at high vapor quality.
Lazarek and Black [3] experimentally studied boiling
flow of refrigerant R-113 in a 3.15-mm-ID pipe, Bao
et al. [4] studied boiling flow of refrigerants R-11 and
R-123 in a 1.95-mm-ID channel, and Yu et al. [5] studied
boiling flow of water in a small horizontal tube (2.98-
mm-ID), and they all concluded that nucleate boiling
was dominant. Tran et al. [6] experimentally studied flow
boiling in a 2.46-mm-ID tube and in a rectangular chan-
nel (1.7 mm · 4.06 mm), and reported that nucleate boil-
ing was dominant, and that the heat transfer
characteristics did not depend on the channel geometry.
Based on experiments using a 2.92-mm-ID horizontal
tube, Wambsganss et al. [7] reported that the heat trans-
fer coefficient strongly depended on heat flux, and weakly
depended on mass flux and vapor quality. In contrast,
Qu and Mudawar [8] reported that the dominant heat
transfer mechanism for saturated flow boiling in micro-
channels was forced convective boiling and not nucleate
boiling, because the heat transfer coefficient for flow boil-
ing strongly depended onmass flux and weakly depended
on heat flux. Sumith et al. [9] experimentally studied the
heat transfer of boiling water flow in a 1.45-mm-ID ver-
tical tube, and reported that the heat transfer was domi-
nated by forced convection when the heat flux was higher
than 200 kW/m2. Lee and Lee [10] studied flow boiling of
refrigerant R-113 in three different rectangular channels
(20 mm · 0.4 mm, 20 mm · 1.0 mm, and 20 mm · 2.0
mm), and reported that the heat transfer coefficient
increased with increasing mass flux and vapor quality,
whereas the effect of heat flux was insignificant.



Table 1
Studies on the heat transfer characteristics in small-diameter tubes

References Working
fluid

Tube geometry; diameter or size (mm) (length (mm));
material; orientation

Pressure (MPa) Heat flux
(kW/m2)

Mass flux
(kg/m2 s)

Vapor quality

Lin et al. [1] R-141b Circular; ID = 1.0 (l = 500); –; vertical 0.135–0.22 10–1150 300–2000 �0.2 to 0.99
Lin et al. [2] R-141b Circular/rectangular; ID = 1.1 (l = 500), 1.8 (l = 496),

2.8 (l = 498), 3.6 (l = 454)/2 · 2 (l = 454); –; vertical
0.1–0.3 1–300 50–3500 0–1.0

Lazarek and Black [3] R-113 Circular; ID = 3.15 (l = 123, 246); stainless; vertical 0.13–0.41 14–380 125–750 �0.2 to 0.6
Bao et al. [4] R-11, R-123 Circular; ID = 1.95 (l = 270); copper; horizontal 0.2–0.5 5–200 50–1800 �0.3 to 0.9
Yu et al. [5] Water Circular; ID = 2.98 (l = 910); stainless; horizontal 0.2 50–300 50–200 0–1.0
Tran et al. [6] R-12, R-113 Circular/rectangular; ID = 2.46 (l = 870)/1.7 · 4.06

(l = 870); brass; horizontal
0.51, 0.82 3.6–129 44–832 �0.94

Wambsganss et al. [7] R-113 Circular; ID = 2.92 (l = 368); stainless; horizontal 0.124–0.16 8.8–90.75 50–300 0–0.9
Qu and Mudawar [8] Water Rectangular; 0.231 · 0.713 (l = 44.8), parallel 21;

copper; horizontal
0.117 220–1300 135–402 �0.2

Sumith et al. [9] Water Circular; ID = 1.45 (l = 100); stainless; vertical 0.1 10–715 23.4–152.7 0–0.8
Lee and Lee [10] R-113 Rectangular; 20 · 0.4, 20 · 1, 20 · 2 (l = 300);

stainless; horizontal
– 3–15 50–200 0.15–0.75

Yan and Lin [11] R-134a Circular; ID = 2 (l = 200), parallel 28; –; horizontal 0.35–0.8 5–20 50–200 0.1–0.9
Oh et al. [12] R-134a Circular; ID = 0.75, 1, 2 (l = 500); copper; horizontal 0.4 10, 15, 20 240–720 0.1–1.0
Kuwahara et al. [13] R-134a Circular; ID = 0.84, 2 (l = 880); stainless; horizontal 0.92 1.16–46.8 100–600 0.01–0.84
Kew and Cornwell [14] R-141b Circular; ID = 1.39–3.69 (l = 500); stainless; horizontal – 9.7–90 188–1480 �0.05 to 0.9
Pettersen [26] CO2 Circular; ID = 0.81 (l = 540), parallel 25; aluminum; horizontal 3.5–6.4 5–20 190–570 0.2–0.8
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Fig. 1. Schematic of experimental system used to measure flow
boiling heat transfer and pressure drop.
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Several studies have compared the boiling heat trans-
fer and pressure drop in different diameter tubes. Yan
and Lin [11] experimentally investigated evaporation
heat transfer and pressure drop for R-134a flowing in
a 2.0-mm-ID tube, and found that the evaporation heat
transfer coefficient in the 2.0-mm-ID tube was about 30–
80% higher than that in the 8.0-mm-ID tube. Oh et al.
[12] experimentally studied the evaporation heat transfer
for R-134a flowing in three different copper tubes (0.75-,
1.0-, and 2.0-mm-ID), and reported that the heat trans-
fer coefficient of the 1.0-mm-ID tube was higher than
that of the 2.0-mm-ID tube when the vapor quality
was less than 0.6, and that the dryout point moved to
lower vapor quality with decreasing tube diameter.
Kuwahara et al. [13] experimentally investigated the
heat transfer characteristics and flow patterns for evap-
oration of R-134a in two different tubes (0.84- and
2.0-mm-ID), and reported that the characteristics of
evaporation heat transfer for the small tube were similar
to those for the large tube.

To clarify the characteristics of flow boiling heat
transfer in small tubes, the relation between the heat
transfer and two-phase flow patterns has been studied.
For example, Based on experiments of flow boiling with
R-141b in different diameter tubes (1.39- to 3.69-mm-
ID), Kew and Cornwell [14] reported that two-phase flow
in small tubes (<3.69-mm-ID) slightly differed from those
in large tubes, and classified the flow types into the fol-
lowing three types: isolated bubble flow, confined bubble
flow, and annular-slug flow. They also reported that
intermittent dryout occurred at very low vapor quality.
Based on experiments of air–water two-phase horizontal
flow in 1.1- and 1.45-mm-ID tubes, Triplett et al. [15]
classified the two-phase flow into five types: bubbly flow,
slug flow, churn flow, slug–annular flow and annular
flow. Kawahara et al. [16] classified two-phase flow into
two types, namely, intermittent flow and semi-annular
flow, and classified further these two flows into five types
depending on the gas–liquid interfacial configuration.
Based on experiments of air–water and R-134a two-
phase flow in 1-, 2- and 3-mm-ID tubes, Yang and Shieh
[17] concluded that surface tension is an important factor
in determining the flow patterns in small tubes.

In the flow boiling heat transfer in small tubes (<3-
mm-ID), the general characteristics and the effects of
tube diameter and flow pattern on such heat transfer
have not yet been clarified [18]. In the present study,
the effect of tube diameter on the boiling heat transfer
was systematically investigated to provide useful data
for the design of compact heat exchangers using small
tubes. The effect was studied by measuring the heat
transfer coefficient and pressure drop and observing
the flow patterns of the refrigerant R-134a in three dif-
ferent horizontal smooth tubes (0.51-, 1.12- and 3.1-
mm-ID) for a range of heat flux (q), mass flux (G), inlet
vapor quality (xin), and evaporating temperature (Tevap).
2. Experimental apparatus and procedure

Fig. 1 shows a schematic of the experimental system
used to measure the heat transfer coefficient and pres-
sure drop and observing the flow patterns of the refrig-
erant R-134a. The system consisted of two loops, a �test
loop� and �main loop�, to provide well-controlled flow of
refrigerant to the test tube. The test loop contained a
Coriolis-type flowmeter, a refrigerant temperature con-
troller, a manual expansion valve, a test tube (evapora-
tor), and two sight glasses. The working fluid was
refrigerant R-134a with a purity of 99.9%. To reduce
the heat transfer between the test tube and its surround-
ings, the entire test tube was placed inside a duct in
which the air at the evaporating temperature was circu-
lated. The flow rate and inlet pressure of R-134a were set
by controlling the frequency of the compressor and the
opening of the expansion valve. The vapor quality at
the inlet of the test tube (xin) was set by changing the
temperature of the refrigerant.

Table 2 lists the dimensions of the three test tubes.
The length of each tube was determined such that the
difference in vapor quality between the inlet and outlet
of the test tube was Dx = 0.9 when the mass flow rate
of the refrigerant (i.e., mass flux G) was 300 kg/m2 s
and the heat flux q was 12 kW/m2. Fig. 2a shows details
of the measuring points of temperature and pressure
with the 3.1-mm-ID test tube. Each test tube was heated
by direct electrification via an electrode by using a DC
power supply connected to electrode soldered at both
ends and at the center of the test tube as shown in



Table 2
Dimensions of small-diameter tubes

Material: SUS304

ID (mm) Wall thickness (mm) Length (mm)

0.51 0.15 550
1.12 0.18 935
3.1 0.1 3235

Table 3
Experimental conditions

Refrigerant: R-134a

Evaporating temperature (K): 278.15, 283.15, 288.15

ID (mm) Heat flux
(kW/m2)

Mass flux
(kg/m2 s)

Vapor quality

0.51 12–39 150–450 0.23–1.0
1.12 10–30 150–400 0.2–1.0
3.1 5–29 150–450 0.2–1.0
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Fig. 2a. The heated length (Lheat) of the tube was deter-
mined such that the difference in vapor quality between
the inlet and outlet of the test tube was Dx = 0.9 depend-
ing on the mass flux and heat flux. For the 3.1-mm-ID
tube, Lheat = 3.24 m at G = 300 kg/m2 s and q =
12 kW/m2, and Lheat = 1.62 m at G = 300 kg/m2 s and
q = 24 kW/m2. At the inlet and outlet of the tube, the
temperature of the refrigerant was measured by using
1-mm-OD T-type sheathed thermocouples and the pres-
sure by using a precision aneroid manometer. Fig. 2b
shows details of the thermocouple installation on a test
tube. Temperature of the outer surface of the test tube
was measured midway between the top and bottom of
the tube along the surface by using a 0.1-mm-OD T-type
thermocouple and temperature of the inner wall of the
tube was calculated from the measured temperature of
the outer wall of the tube by using the Fourier�s law.
For electrical insulation, an 8-lm-thick Teflon sheet
was inserted between each thermocouple and the test
tube. Thermal contact between each thermocouple and
the tube was improved by filling the gap with enamel
paint.

A system of temperature measurement was calibrated
by using a platinum resistance thermometer sensor (Chi-
Fig. 2. Schematic of 3.1-mm-ID test tube: (a) entire
no, Model CNA) with an accuracy of ±0.03 K and a
constant-temperature water bath (Tokyo-Rikakikai,
Model NCB-2200) within a temperature fluctuation of
±0.05 K. The accuracy of the calibrated thermocouples
was within ±0.1 K. The mass flow rate (and thus the
mass flux, G) was measured by using a Coriolis-type
flowmeter (Oval, Model E010S-IN-200) with an accu-
racy of ±0.1%. The pressure was measured by using a
precision aneroid manometer (Nagano Keiki, Model
NKS) with an accuracy of ±1.5 kPa. The electrical input
power was measured by using a voltmeter and an amme-
ter, confirming that the heat generated by direct electri-
fication was well transferred to the fluid and that the
heat gain from surroundings was within 3%. The con-
centration of lubricant oil was measured by sampling
the working fluid. The measured concentration was less
than 0.1 wt.%, confirming that the effect of the oil on the
boiling heat transfer and pressure drop was insignificant.

For a range of G, x, q, and Tevap as summarized in
Table 3, the local heat transfer coefficient hexp in the
test tube and (b) installation of thermocouple.
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three tubes was determined using the following
equation:

hexp ¼
q

T wall � T sat

ð1Þ

where Twall is the temperature at an inner wall, and Tsat

is the saturation temperature at a local refrigerant pres-
sure calculated by interpolation between the inlet and
outlet pressures. Flow patterns were observed by using
a high-speed video camera through a sight glass at the
entrance of an evaporator. All experimental data were
Fig. 3. Effect of heat flux (q) and mass flux (G) on heat transfer coeffic
1.12-mm-ID and (c) 0.51-mm-ID.
collected after steady state of temperature, pressure
and refrigerant flow was achieved.
3. Results and discussion

3.1. Effect of mass flux (G) and heat flux (q) on boiling

heat transfer

Fig. 3a–c show the effect of q and G on the boiling
heat transfer for the three different diameter tubes. For
ient (hexp) for three different diameter tubes: (a) 3.1-mm-ID; (b)



Fig. 4. Slug–annular flow transition and Yang�s map on a
modified Baker�s flow pattern map for mass flux (G) from 150
to 400 kg/m2 s.
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the 3.1-mm-ID tube (Fig. 3a), in the low x region (<0.6),
when G was fixed at 300 kg/m2 s, hexp for q = 24 kW/m2

was higher than that for q = 12 kW/m2, whereas when q

was fixed at 12 kW/m2, hexp for G = 150 kg/m2 s was
similar to that for G = 300 kg/m2 s. In contrast, in the
high x region (>0.5), when q was fixed at 12 kW/m2, hexp
for G = 300 kg/m2 s was higher than that for G =
150 kg/m2 s, whereas when G was fixed at 300 kg/m2 s,
hexp for q = 12 kW/m2 was similar to that for q =
24 kW/m2. These experimental results suggest that in
the low x region, nucleated boiling heat transfer was
dominant, and in the high x region, forced convective
evaporation was dominant. For the 1.12-mm-ID tube
(Fig. 3b), hexp was slightly higher than that for the 3.1-
mm-ID tube (Fig. 3a), and the effects of q and G on hexp
were similar for both tubes. For the 0.51-mm-ID tube
(Fig. 3c), hexp increased with increasing q, but was not
significantly affected by G. Among the three tubes, hexp
for the 0.51-mm-ID tube was the highest, when
x < 0.5. As the ID is decreased, hexp starts to decrease
at lower x. The x at which hexp started to decrease was
0.9 for the 3.1-mm-ID tube, between 0.8 and 0.9 for
the 1.12-mm-ID tube, and between 0.5 and 0.6 for the
0.51-mm-ID tube.

3.2. Effect of flow pattern and inlet vapor quality (xin)

on boiling heat transfer

The flow patterns in small tubes and large tubes differ
because the ratio of surface force to body force depends
on the tube diameter. Flow patterns observed here were
annular flow and intermittent flows, and the intermittent
flows were classified further into plug flow and slug flow.
Bubbly flow and stratified flow were not observed.
Superficial gas velocity ranged from 0.023 to 15.04 m/s
and superficial liquid velocity ranged from 0.011 to
0.318 m/s. For the 0.51-mm-ID tube, flow patterns were
slug flow at low x and annular flow at high x. In the slug
flow, bubbles elongated in the flow direction occupied a
tube, and a smooth liquid film was formed along the
tube wall. The size of the bubbles increased downstream,
and the transition from slug flow to annular flow
occurred in the middle of the tube. For 1.12- and 3.1-
mm-ID tubes, bubbles were evident at the upper part
of tubes, and the surface roughness of the bubbles in-
creased downstream. Ghiaasiaan and Abdel-Khalik
[19] reported that three dimensionless parameters govern
two-phase flows in microchannels: the Eötvös number
(Eo = DqgD2/r), and the Weber numbers of liquid and
gas phases, namely, Wel ¼ qlU

2
lD=r and Weg ¼

qgU
2
gD=r, where ql and qg are the densities of liquid

and gas phases and Dq = ql�qg, Ul and Ug are the super-
ficial velocities of liquid and gas phases, g is the acceler-
ation of gravity, D is the inner diameter of a tube and r
is the surface tension. When all three parameters (Eo,
Wel, and Weg) are less than unity, two-phase flow is
more strongly affected by surface tension than by gravity
and inertia force. At a fixed G, all three of these param-
eters (Eo, Wel, and Weg) and the Reynolds number (Re)
decrease with decreasing tube diameter, and as a result,
surface tension rather than buoyancy affects the two-
phase flow, and the sheer stress at the gas–liquid
interface decreases because the difference between the
superficial gas and liquid velocities decreases.

Fig. 4 shows the slug–annular flow transition curves
on a modified Baker�s flow pattern map [20]. The results
reported by Yang and Shieh for a 2.0-mm-ID tube [17]
are also shown (bold lines and boldfaced letters on the
map). The x at which slug–annular flow transition oc-
curred increased with decreasing ID and G. These flow
transition curves approximately coincide with those re-
ported by Yang. Fig. 5 shows the flow patterns in the
G � xin plane for the 3.1-mm-ID tube. The thick line
in this figure expresses the transition point between slug
flow and annular flow. With increasing G, the flow tran-
sition occurred at lower xin. In the 3.1-mm-ID tube,
oscillating flow (· and + in Fig. 5) occurred with differ-
ent heated lengths of the tube, Lheat = 1.62 and 3.24 m,
respectively. Once the oscillating flow occurred, hexp de-
creased significantly at a wide range of x. For the 1.12-
mm-ID tubes, oscillating flow occurred at low xin, but
for the 0.51-mm-ID tube, flow instability was not
observed. Fig. 6 shows the neutral stability curves that
dis- tinguish between unstable and stable regions in the
3.1-mm-ID tube for xin � 0 and 4.00 6 q 6 19.81 kW/
m2. The neutral stability points were obtained when q

was decreased successively while G and the inlet vapor
pressure were kept constant. Because oscillations in the



Fig. 7. Effect of inlet vapor quality (xin) on boiling heat transfer
coefficient (hexp) for the 3.1-mm-ID tube for mass flux (G) of
300 kg/m2 s and heat flux (q) of 13 kW/m2.

Fig. 5. Flow patterns and slug–annular flow transition in the
G � xin plane for the 3.1-mm-ID tube. The symbols · and +
represent the oscillating flow at Lheat = 1.62 and 3.24 m,
respectively.

Fig. 6. Neutral stability curves for two different lengths of
heated area, Lheat = 1.62 and 3.24 m, for the 3.1-mm-ID tube.
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flow apparently coincided with oscillations in the outer
surface temperature of the test tube, the neutral stability
points can be obtained by monitoring the outer surface
temperature. These experimental results suggest that
the unstable region expanded with increasing q, decreas-
ing G, or increasing Lheat. The time period of flow oscil-
lations ranged from 0.8 to 4 s. Ding et al. [21]
experimentally studied R-11 boiling flow in a 10.9-mm-
ID horizontal channel, and reported three different types
of dynamic instabilities: (i) pressure drop oscillation; (ii)
density wave oscillation and (iii) thermal oscillation. The
time period of the density wave type oscillation was on
the order of the transit time, that is, the time for density
waves to travel between two ends of a channel [22–24].
In our experiments, because the transit time was about
from 3 to 20 s, the oscillations observed here seem to
be density wave oscillations.

Fig. 7 shows hexp vs. x curves for the 3.1-mm-ID tube
for various xin at G = 300 kg/m2 s and q = 13 kW/m2.
When xin P 0.13, hexp was almost the same. In contrast,
when xin < 0.03, flow instability occurred and hexp was
significantly reduced in the high x region. When
0.1 6 xin 6 0.13, the slug–annular flow transition seen
in Fig. 5 occurred. This experimental result suggests that
when the flow pattern at the entrance of a tube changes
from annular flow to slug flow, hexp decreases. For the
0.51-mm-ID tube, no such reduction in hexp due to oscil-
lating flow was observed.

3.3. Effect of evaporating temperature (Tevap)

Fig. 8a and b show hexp as a function of Tevap for the
3.1- and 0.51-mm-ID tubes, respectively. In the 3.1-mm-
ID tube, Tevap did not significantly affect hexp. In con-
trast, in the 0.51-mm-ID tube, hexp increased with
increasing evaporating temperature, and the effect of
Tevap was significant in the high x region. In a high x re-
gion, the flow pattern is annular flow and the evapora-
tion from a liquid film affects the flow boiling heat
transfer. With increasing Tevap, the latent heat of vapor-
ization decreases, the thickness of the liquid film de-
creases more rapidly, and h increases [25]. Pettersen



Fig. 9. Boiling heat transfer coefficient (hexp) as a function of
the Lockhart–Martinelli parameter (X). hexp is normalized by
the liquid phase heat transfer coefficient, hl.

Fig. 8. Effect of evaporating temperature (Tevap) on boiling
heat transfer coefficient (hexp) for: (a) 3.1-mm-ID tube for mass
flux (G) of 300 kg/m2 s and heat flux (q) of 12 kW/m2; (b) 0.51-
mm-ID tube for G = 300 kg/m2 s and q = 14 kW/m2.
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[26] investigated evaporation heat transfer for carbon
dioxide flowing in a microchannel heat exchanger that
had 25 channels that were 0.81-mm-ID, and showed that
the hexp increased with Tevap at G = 280 kg/m2 s and
q = 10 kW/m2. In conclusion, the effect of Tevap on the
boiling heat transfer increases with decreasing ID.

3.4. Boiling heat transfer coefficient (hexp) vs

Lockhart–Martinelli parameter (X)

The flow boiling heat transfer in a tube includes
nucleate boiling heat transfer and forced convective
evaporation. In forced convective evaporation,
hexp / hl(1/X)

n, where hl is the liquid phase heat transfer
coefficient assuming no phase change occurs and X is the
Lockhart–Martinelli parameter. Fig. 9 shows hexp nor-
malized by hl, namely, hexp/hl, as a function of the reci-
procal of the Lockhart–Martinelli parameter, namely, 1/
X. When the superficial liquid Re (Rel) is smaller than
1000, flow in the liquid phase is laminar and
hl = 4.36kl/D. For the 0.51-mm-ID tube, the liquid flow
was laminar over the entire range of G studied here
(Fig. 9), whereas for the 1.12-mm-ID tube, the liquid
flow was laminar only when G < 150 kg/m2 s. In
Fig. 9, the magnitude of forced convective evaporation
can be expressed by the gradient n of a line fitted to
the experimental data. The values for n suggest that as
ID decreased, the liquid phase flow became laminar
and the contribution of forced convective evaporation
decreased.

3.5. Pressure drop

The measured two-phase pressure drop (Dp) was
compared with that predicted using the homogeneous
model and that using the Lockhart–Martinelli�s correla-
tion. Because the ratio of acceleration pressure drop to
the frictional pressure drop calculated using the homo-
geneous model was less than 10%, the acceleration pres-
sure drop was negligible. In the homogeneous pressure
drop model, the pressure drop is defined as

� dp
dz

� �
¼ 2f TPG

2

qhD
ð2Þ
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where qh is the density of homogeneous refrigerant and
1/qh = x/qg + (1�x)/ql, fTP is a friction factor defined as
fTP = 16/Reh for laminar flow (Reh < 2400) and as
fTP ¼ 0.079=Re0.25h for turbulent flow (Reh > 2400), Reh
is the Re of homogeneous refrigerant and is defined as
Reh = GD/lh, and lh is the viscosity of homogeneous
refrigerant and is defined as 1/lh = x/lg + (1 � x)/ll.
In the Lockhart–Martinelli�s correlation, the pressure
drop is defined as
Fig. 10. Comparison between measured pressure drop and that predi
Lockhart–Martinelli�s correlation for: (a) 3.1-mm-ID tube; (b) 1.12-m
flux (G) was 300 kg/m2 s, and the heat flux (q) was 13 kW/m2 for the
tube.
� dp
dz

� �
¼ � dp

dz

� �
l

/2
l ¼ � dp

dz

� �
g

/2
g ð3Þ

where /l and /g are the two-phase multipliers in the
liquid and gas phases, respectively, and are defined as
/2

l ¼ 1þ 21=X þ 1=X 2 and /2
g ¼ 1þ 21X þ X 2 [27],

where X is the Lockhart–Martinelli parameter, which
is the square root of the ratio between the pressure drop
assuming liquid flow alone and that assuming gas flow
cted using a homogeneous pressure drop model and that using
m-ID tube; (c) 0.51-mm-ID tube. For all three tubes, the mass
3.1- and 1.12-mm-ID tubes, and 15 kW/m2 for the 0.51-mm-ID
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alone. Fig. 10a–c show the measured pressures and the
pressures predicted using the homogeneous model and
using the Lockhart–Martinelli�s correlation as a function
of x for the three tubes (3.1-, 1.12-, and 0.51-mm-ID).
For the 3.1-mm-ID tube (Fig. 10a), the measured
pressure agreed well with that predicted using the Lock-
hart–Maltinelli�s correlation. In contrast, for the 0.51-
mm-ID tube (Fig. 10c), the measured pressure agreed
well with that predicted using the homogeneous model.
For the 1.12-mm-ID tube (Fig. 10b), the measured pres-
sure was between that predicted by these two different
models. These experimental results suggest that with
decreasing ID, the flow inside a tube approached homo-
geneous flow.
4. Conclusions

The effect of tube diameter on the boiling heat trans-
fer of the refrigerant R-134a was investigated in horizon-
tal small-diameter tubes of different diameter (0.51-,
1.12-, and 3.1-mm-ID). Local heat transfer coefficient
(hexp) and pressure drop (Dp) were measured for a range
of heat flux (q) from 5 to 39 kW/m2, mass flux (G) from
150 to 450 kg/m2 s, evaporating temperature (Tevap)
from 278.15 to 288.15 K, and inlet vapor quality (xin)
from 0 to 0.2. The following conclusions could be drawn
from this study.

1. In the 3.1-mm-ID tube, hexp increased with increasing
mass flux or heat flux. In the 0.51-mm-ID tube, hexp
increased with increasing q, but was not significantly
affected by G. In conclusion, the contribution of
forced convective evaporation to the boiling heat
transfer decreases with decreasing ID.

2. Dryout occurred in the lower x region with decreas-
ing ID. In the 3.1-mm-ID tube, hexp decreased when
unstable flow was generated. In the 0.51-mm-ID
tube, such unstable flow was not observed.

3. The xin at the inlet of the evaporator affected the boil-
ing heat transfer. When the flow pattern changed
from continuous flow (annular flow) to intermittent
flow (slug flow or plug flow), hexp decreased at high
xin. In conclusion, the effect of Tevap on the boiling
heat transfer increases with decreasing ID.

4. The frictional pressure drop was calculated based on
the homogeneous model and also on the Lockhart–
Martinelli correlation. With decreasing ID, the mea-
sured pressure drop was better predicted by the
homogeneous model than by the Lockhart–Marti-
nelli correlation. A plot of the dimensionless hexp
vs. Lockhart–Martinelli parameter suggests that as
ID decreases, the flow in the liquid phase approaches
laminar flow, and the effect of forced convective
evaporation is suppressed.
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